Abstract: A thin layer of colloidal silicalite was coated on a macroporous alumina substrate to improve the effectiveness in loading and supporting ionic liquid (IL) membrane on macroporous ceramic substrate. The [bmim][BF4] IL and CO2 gas separation were used as the model system in this research. The colloidal silicalite top layer enabled the formation of a pinhole-free IL membrane with significantly reduced load of IL as compared to the bare alumina substrate because the former had a smaller and more uniform inter-particle pore size than the latter. The supported IL membrane was extensively studied for CO2 separation in conditions relevant to coal combustion flue gases. The silicalite-supported IL membrane achieved a CO2/N2 permselectivity of ~24 with CO2 permeance of ~1.0 10 -8 mol/m 2 ·s·Pa in dry conditions at 26˚C and reached a CO2/N2 separation factor of ~18 with CO2 permeance of ~1.56 10 -8 mol/m 2 ·s·Pa for a feed mixture containing ~11% CO2 and ~9% water vapor at 50 o C. This supported IL membrane exhibited excellent stability under a 5-bar transmembrane pressure at 103˚C and chemical resistance to H2O, SO2, and air (O2). Results of this study also indicated that, in order to fully realize the advantages of using the colloidal silicalite support for IL membranes, it is necessary to develop macroporous ceramic supports with optimized pore size distribution so that the IL film can be retained in the micron-thin silicalite layer without penetrating into the base substrate.
INTRODUCTION
Coal-firing power plants are responsible for roughly a third of the human-made CO 2 emission into the atmosphere and this situation is expected to continue in the foreseeable future. CO 2 capture and sequestration (CCS) for coal-firing plants is therefore critical to mitigation of CO 2 emission. For the large number of existing coal-firing power plants, success of CO 2 capture will depend on the availability of costeffective technologies for CO 2 separation from N 2 and a number of coexisting gas impurities. Despite the extensive research and development efforts made in the past decades, existing CO 2 separation technologies, such as solvent scrubbing, pressure or temperature swing adsorption, and CO 2 -selective membrane permeation, are not economically viable for industrial scale CCS application unless highly valueadded CO 2 reuse is realized to offset the cost [1] [2] [3] . In searching for more energy-efficient and environmentally friendly CO 2 -capture methods, ionic liquids (ILs) have recently attracted broad interests as a new type of absorbents and liquid membrane materials for CO 2 separations [4] . ILs are liquid state salts whose molecules typically consist of an organic cation and an inorganic or organic anion. ILs are considered green solvents because of their nontoxic nature, extremely low vapor pressures, and thermal stability up to a few *Address correspondence to this author at the Department of Chemical Engineering, University of Cincinnati, Cincinnati, Ohio 45221, USA; Tel: +1 (513) 556-3992; Fax: +1 (513) 556-3473; E-mail: Junhang.dong@uc.edu hundred degrees Celsius. Many ILs were found to dissolve CO 2 with high selectivity over other gases involved in coal-firing flue gases except for SO 2 which may have higher solubility than CO 2 in amine type ionic liquids [4, 5] . The dissolved CO 2 molecule locates between the cation and anion of the IL and the weak CO 2 -IL interaction, primarily van de Waals force, allows for CO 2 desorption without significant heat consumption [6] . However, industrial applications of the IL as solvents in scrubbing processes have been so far discouraged by the prohibitive cost for large volumes of expensive IL needed and low mass transfer rates caused by their high viscosity [1, 6] . A potentially more effective way of utilizing ILs for CO 2 separation is to construct supported IL membranes, which could offer a number of advantages including minimal amount of IL usage, continuous operation mode, stability in porous support, and better energy efficiency and readiness of the membrane unit operation for retrofitting existing plants.
Supported IL membranes are typically formed by loading ILs in porous substrates of polymeric or ceramic materials using liquid impregnation or infiltration techniques. There have been reports on the use of porous hollow fibers as IL supports to achieve large membrane packing densities that are critical to large scale applications [3, [7] [8] [9] . The number of publications on IL solvent and membrane development for CO 2 separations has been fast growing for the past few years but the research efforts were largely focused on measuring thermodynamic and transport properties, studying CO 2 selectivity and permeance for pure gases and simple binary mixtures, and synthesizing new or modifying existing ILs for enhanced separation performances. Studies on the influence of substrate on IL membrane formation and gas transport properties of the supported IL membrane in conditions relevant to practical CO 2 separation from coal combustion flue gas have been quite limited.
Coal-combustion flue gases are typically at atmospheric pressure and 50 -100 o C, containing 70-75% N 2 , 10-15% CO 2 , 5-10% H 2 O, and 3-4% O 2 with ppm-level CO (~20 ppm), SO x (<500 ppm) and NO x (<800 ppm) [6] . The relatively low CO 2 partial pressure necessitates either compressing of the flue gas in feed side or vacuuming the permeate side to drive the CO 2 transport through the membrane. Also, with the low CO 2 concentration in the flue gases, multi-stage membrane operation is usually needed for achieving the targeted goal of >90% recovery and >95% purity in combustion flue gas CO 2 capture because of the limited CO 2 /N 2 selectivity ( CO2/N2 ) and permeance (P m,CO2 ) of current CO 2 -separation membranes [3] . Furthermore, many imidazolium salts such as those containing [PF 6 ] anion were found to decompose in the presence of O 2 even at low temperatures [10] . IL membranes need to be experimentally evaluated in more practically relevant conditions such the presence of air and water vapor at various compositions, pressures, and temperatures to understand the performance and stability. Also, since the IL membrane is retained in the porosity of the substrate, the material properties and pore structure of the support can play an important role in determining the overall membrane performance, identification and improvement of the substrate is thus necessary.
Here we reported the fabrication of 1-n-butyl-3-methylimidazolium tetrafluoroborate ([bmim][BF 4 ], C 8 H 15 F 4 N 2 B) IL membrane supported on a colloidal silicalite coated macroporous alumina disc and experimental investigations on its CO 2 separation performance under various conditions relevant to CO 2 capture from coal-combustion flue gas. The hypothesis is that, because the liquid film is held inside the porous substrate by capillary action, the colloidal silicalite layer with small inter-particle pore size can improve IL membrane formation with reduced IL loading and effective IL membrane thickness. The silicalite is a pure-silica MFI-type zeolite containing channels of ~0.56-nm in diameter, which are inaccessible to the large IL molecules, with hydrophobic surface that are also known to be CO 2 
EXPERIMENTAL

Membrane Preparation and Characterization
The colloidal silicalite layers were coated on homemade porous -alumina discs using a similar procedure as described in a previous publication [11] . The alumina disc was 2-mm thick and 25 mm in diameter, which had an average pore size of ~85 nm and porosity ( ) of 27~30%. The disc edge was sealed with dense glass coating and the active membrane area (A m ) after excluding the sealing area was 2.54 cm 2 . The silicalite nanoparticles were synthesized by in situ hydrothermal crystallization of a precursor, which had a molar composition of 0.33(SiO 2 ): 0.1(tetrapropylammonium hydroxide): 0.035(NaOH): 5.56(H 2 O), where tetrapropylammonium hydroxide (TPAOH) is the structure directing agent (SDA) [12] . The precursor was obtained by dissolving fumed silica (99.8%, 0.007 μm, Aldrich) and NaOH pellets (99.998%, Aldrich) in 1 M TPAOH solution (Aldrich) at 80 ˚C. The precursor was hydrothermally reacted in an autoclave at 60 ˚C for 15 days. After crystallization, the resultant silicalite nanoparticles were washed by DI water and recovered using centrifuge.
The silicalite nanoparticles were dispersed in DI water and peptized by 1 M HNO 3 solution. Hydroxyl propyl cellulose (HPC, Mw = 100,000, Aldrich) was used as the drying control agent (DCA) to prevent the crack formation in the dip-coated colloidal film in the drying and calcination processes. The pH of the final silicalite colloidal suspension for film coating was in a range of 3 ~ 4 and the contents of silicalite particle and HPC were 0.4wt% and 0.2wt%, respectively. The dipcoating process used a contact time of 5 s. The dipcoated membrane was dried in an oven at 40 ˚C for 24 h and then calcined in air at 450 ˚C for 6 h to remove the SDA (TPAOH) from zeolitic pores, burn off the HPC binder, and consolidate the colloidal silicalite layer. The dip-coating, drying and calcining process was repeated once to eliminate possible pinholes in the first coating and obtain desired thickness. The colloidal suspension used for the second coating contained 0.2wt% silicalite particle while other compositions kept unchanged. The remaining of the silicalite suspension used in the first dip-coating process was dried at 40 ˚C and fired together with the dip-coated discs to obtain an unsupported colloidal silicalite film. This unsupported film and the porous alumina substrate was tested by Brunauer-Emmett-Teller (BET) porosimetery (ASAP2020, Micromeritics) to characterize the pore size distribution (PSD). 4 ] was loaded into the silicalitecoated side of the disc by manually brushing IL on the colloidal silicalite membrane surface and removing the excessive IL using a dry brush followed by gently wiping with powder-less cleaning tissue. The amount of the IL loaded into to the substrate was determined by weighing the disc before and after coating the IL. The same coating process was also performed to load IL into the bare alumina substrate without the silicalite top layer.
The [bmim][BF
To confirm the type of gas absorption in the IL membrane, the [ 4 ] was degassed by purging/bubbling with He (20 ml/min) at 120 ˚C for 8 h followed by vacuuming for an hour before being cooled down to absorb each gas. The gas absorption was accomplished by bubbling the testing gas stream (10 ml/min) through 1 ml of the IL in a small test tube for ~12 h. The gas-absorbed IL was sealed in the tube for immediate FTIR examination. After the FTIR measurement, the IL was degassed and reexamined by FTIR to test the reversibility of the gas sorption.
Gas Permeation Measurements
The supported IL membrane was tested for single gas permeation and CO 2 separation from a variety of mixtures using an apparatus shown in Figure 1 , which was modified from our previously reported membrane reactor system [13] . The supported IL was mounted in a stainless steel cell by O-ring seals and the side of the colloidal silicalite layer loaded with IL was placed facing upward. The feed flow rate was regulated by a mass flow controller. When high pressure was used on the feed side, the feed flow rate was monitored by a bubble flow meter installed after the backpressure controller. The exiting streams from both the feed (retentate) and permeate sides were analyzed by an online gas chromatograph (GC). The permeate side of the membrane was either swept by a helium flow or vacuumed to create transmembrane partial pressure difference, i.e., P i = P i,f P i,p , where P i , f and P i,p are the partial pressures of gas component i in the feed and permeate sides, respectively. When a sweeping gas was used, the composition and flux of the permeate stream was measured by the online GC. The entire membrane cell was housed in an oven for temperature control and preheating coils were used to ensure that the feed and sweeping gases reached setting temperature before contacting the membrane. The permeance of gas i (P m,i ), CO 2 permeaselectivity against gas j (
), and CO 2 separation factor over
) are defined as following:
where Q (mol) is the amount of component i permeated through the membrane over a time period of t (s);
and o j m P , are single gas permeance of CO 2 and gas j, respectively; and x and y are molar compositions of the feed and permeate gas mixtures, respectively.
Single Gas Permeation as a Function of Temperature
Single gas permeation was measured for N 2 , O 2 , CO 2 at 25, 40, 60, 80, 100 and 120 ˚C, respectively. The entering feed flow rate was 20 cm 3 (STP)/min and the permeate side sweeping gas (Helium) flow rate was 10 cm 3 (STP)/min. Before the permeation test for each gas, the membrane was degassed by purging both sides with pure helium at 120 ˚C for overnight [14] . The permeation measurement was first performed from low temperature to high temperature and then repeated from high temperature to low temperature to examine the reversibility and reproducibility of the membrane permeation behavior. C, respectively. The CO 2 /air mixture contained a fixed composition of 20mol% CO 2 and 80mol% dry air. Separation of the CO 2 /air mixture was performed at temperature of 25, 40, 60, 80 and 100˚C, respectively. The gas separation experiments were first conducted as temperature increased and then repeated as temperature decreased to observe the reversibility and reproducibility of the membrane performance. At each temperature, the separation of CO 2 /air mixture was conducted at various feed side pressures ranging from 1 bar to 6 bar with ambient pressure on the permeate side.
CO 2 Separation from Binary Mixtures
CO 2 Separation from Mixtures Containing Impurities
The effects of water vapor and trace SO 2 in the feed on the membrane separation of CO 2 were tested. The CO 2 /N 2 mixture was bubbled through the water vapor saturator at a flow rate of 8 cm 3 (STP)/min of dry gas before entering the membrane cell. The permeate side of the membrane was swept by Helium at a flow rate of 5 cm 3 (STP)/min. The separation of the humid CO 2 /N 2 mixtures was performed at 50 ˚C for mixtures with various CO 2 mole fractions of 0.1, 0.3, 0.5 and 0.7, respectively. This temperature was well above that of the water vapor saturator to prevent water condensation in the porous membrane substrate. The temperature of the water vapor saturator was varied at 35 ˚C and 44 ˚C to obtain different water vapor partial pressures (P H2O ) of 5.6 kPa and 9 kPa, respectively. The effect of SO 2 was tested using a commercially obtained mixture containing 500 ppmv SO 2 , 20% CO 2 , and balance Air (prepared and certified by Matheson Tri-Gas, OH). This multicomponent gas was fed at a flow rate of 20 cm 3 (STP)/min when the permeate side was swept by Helium at flow rate of 10 cm 3 (STP)/min.
The gas separation experiments were performed at 25, 40, 60, 80 and 100 ˚C, respectively, along both ways as temperature increasing and then decreasing. The gas separation was also performed by varying the feed pressure from 1 to 6 bars at each temperature while the permeate side was kept at ambient pressure.
CO 2 Separation with Vacuum Pressure on Permeate Side
In practical applications, the driving force P i can be maintained by pressurizing the feed and/or using vacuum pressure on the permeate side but not by an inert gas sweep, which may require additional separation afterword. Using vacuum pressure on the permeate side may be advantageous over upstream pressurization in CO 2 separation from flue gases because the former requires much less volumetric work as the mass of permeate is far less than the mass of feed. The permeate side was maintained at a nearly constant pressure of 0.5 kPa by a vacuum pump in the experiment. The feed stream was an equimolar CO 2 /N 2 mixture at a total flow rate of 6 cm 3 (STP)/min. The membrane separation was tested at 25, 40, 60, 80 and 100 ˚C, respectively, both during temperature increasing and then decreasing processes. The flux and composition of the permeate gas were obtained based on the flow rates of the feed inlet and outlet monitored by a bubble flow meter and their compositions analyzed by the online GC. The permeate gas flow rate and composition were then obtained by mass balance calculations.
RESULTS AND DISCUSSION
Supported IL Membranes
The silicalite particles obtained by in situ hydrothermal crystallization were nearly spherical with an average diameter of ~80 nm. Figure 2 shows the scanning electron microscopy (SEM) images of the colloidal silicalite film coated on the porous alumina disc by the two-step dip-coating process. The colloidal silicalite layer was ~3 m in thickness and no pinholes and cracks were observed by extensive SEM scanning over a sample area of 3000 μm 3000 μm. Figure 3 shows the PSD of the silicalite film and alumina support obtained by BET measurements using N 2 adsorption and desorption at 77 K. The unsupported silicalite film had an inter-particle pore porosity The results of N 2 and CO 2 single gas permeation tests for the membranes with various IL loading levels are summarized in Table 1 .
Before loading IL, the silicalite-coated disc exhibited very high P m,N2 and P m,CO2 with an
only slightly greater than the Knudsen diffusion selectivity
Mw
, i.e. N 2 -selective) because the gas flux was primarily through the nanometer scale inter-particle pores with minor contribution from the preferential adsorption and diffusion of CO 2 through the 0.56 nm-diameter zeolitic pores [15] . of 1.0 and 1.1 at the two levels of IL loading, respectively. Clearly, the biggest pores in the alumina disc cannot be closed until the disc is fully soaked with IL because of its broad PSD and irregular pore geometry. However, when the alumina disc was fully soaked with IL, the gas flux became extremely small (<10 -10 mol/m 2 ·s·Pa) due to vary large IL film thickness; and thus, the possible very small gas leak through the seals might have caused vary large errors in gas permeation measurements.
The single gas permeation results of the supported IL membranes demonstrated that the colloidal silicalite layer enabled the formation of pinhole-free IL membrane with reduced IL load with which a continuous IL film was unable to form in the bare alumina substrate. The smaller and more uniform interparticle pores of the silicalite layer can soak and retain the IL by stronger capillary action to prevent the IL from entering the larger pores in the alumina substrate. However, due to the partial overlap of PSD between the silicalite layer and alumina substrate, the alumina disc would obviously take most of the loaded IL before completely filling the relatively larger pores in the silicalite layer. The IL membrane formed on the silicalite-coated alumina disc by loading 20 mg-IL/cm 2 ( Table 1) is denoted as Sil-IL20 hereafter. All gas permeation and CO 2 separation tests reported here were obtained on this membrane.
Single Gas Permeation
The membrane Sil-IL20 was tested for single gas permeation of N 2 , O 2 , and CO 2 , respectively, at temperatures ranging from 25 to 120 ˚C. Figure 4 shows the single gas permeance and CO 2 permselectivity over N 2 and O 2 , i.e. The gas permeance and permselectivity obtained during temperature increasing and decreasing processes were found to be generally consistent, demonstrating that the IL membrane supported on the colloidal silicalite layer was thermally stable and the gas transport properties were reversible in the tested temperature range of 25 -120 ˚C. Within this range, the permeances of all three gases increased whilst both CO 4 ] IL with increasing temperature [16] . The gas permeation results in Figure 4 suggest that the effect of diffusivity enhancement overpowered the countering effect of solubility decrease on the gas permeability as temperature increasing from 25 to 120 ˚C. The same effects of C i decrease and D i increase on gas diffusion through the zeolitic pore of the silicalite are expected as temperature increases. The apparent activation energies (E a ) of gas permeation through the Sil-IL20 membrane obtained from the Arrhenius plot of gas fluxes in Figure 5 were 6.58, 19.75, and 19.15 kJ/mol for CO 2 , N 2 and O 2 , respectively. The apparent activation energy of gas permeation depends on the combination of heat of absorption (Q a < 0) and diffusion activation energy (E d >0). The smaller E a of CO 2 as compared to those of N 2 and O 2 may be attributed to the fact that CO 2 is preferentially absorbed to give negatively larger Q a and CO 2 transport in the IL is facilitated by the ionic carriers while N 2 and O 2 are weakly absorbing and their transport in the IL is nonfacilitated. The activation energy of CO 2 permeation through the supported [bmim] [BF 4 ] IL membrane was very close to the diffusion activation energy in the bulk IL (~6.0 kJ/mol) [16] . This observation is consistent with findings in the literature where CO 2 diffusivity in IL filled in nanoporous silica substrate was reported to be similar to or slightly greater than that in the bulk IL [17] . Because the apparent diffusion activation energies of N 2 and O 2 are much larger than that of the CO 2 , increasing temperature causes greater permeability enhancement for N 2 and O 2 than for CO 2 , leading to decline of CO 2 permselectivity. 
Separation of CO 2 /N 2 Mixtures
The SIL-IL20 membrane was tested for separation of N 2 /CO 2 binary mixtures as a function of CO 2 mole fraction ( x CO2 ) in the feed under atmospheric pressure at 26 and 53 ˚C, respectively. Figure 6 presents the results of individual gas permeance (P m,CO2 ) and CO 2 separation factor CO 2 /N 2 as a function of x CO2 . The Figure 6 generally agrees with the relationship between CO 2 permeability and partial pressure reported in literature, which is typical for facilitated gas transport in IL membrane [18, 19] . The decreases of P m,CO2 and CO 2 /N 2 have been attributed to the saturation of the anionic carriers (F ) for CO 2 at high CO 2 partial pressures that results in smaller carrier potential gradient to reduce the CO 2 permeation through the IL membrane [20] ; on the contrary, permeance of the physically absorbed N 2 can be enhanced due to diffusivity enhancement by the reduced IL viscosity under high CO 2 concentration.
Separation of Mixtures with Impurities
The coal-firing flue gases contain typical impurities such as water vapor and trace SO x etc., which may be absorbed by the IL and adsorbed by the nanoporous silicalite to change gas transport properties in the silicalite-supported IL membrane. CO 2 separation was performed on the SIL-IL20 membrane at 50 ˚C and atmospheric pressure for CO 2 /N 2 binary mixtures with different x CO2 of 0.1, 0.3, 0.5, and 0.7 (on dry gas basis), respectively, and partial pressures of water vapor of 5.6 and 9.0 kPa, respectively. The results are shown in Figure 7 . The presence of water in the feed improved the CO 2 permeance and CO 2 /N 2 selectivity for feed streams of low CO 2 concentrations. These results are in agreement with findings in the literature where the increase of CO 2 permeance in the watercontaining IL membranes was attributed to the consequential reduction of viscosity that increased the CO 2 diffusivity [21] and facilitated the IL surface renewal to enhance the rate of CO 2 dissolving from gas into IL phase. Zhao et al. reported that the existence of water caused slight decrease in CO 2 solubility but the increase of diffusivity had an overpowering effect leading to an increase of permeability; on the other hand, although the diffusivity of N 2 also increased in the water-containing [bmim][BF4], N 2 permeance was essentially unchanged, maybe due to its vary low solubility [21] . These led to an increase in CO 2 /N 2 . The silicalite surface is known to be hydrophobic and thus the existence of water vapor has rather minor influence on the transport of the adsorbing CO 2 and nonadsorbing N 2 through the zeolitic pores. For feed gases of high CO 2 concentration, the effect of water content on CO 2 separation was much less pronounced possibly because of increased formation of bicarbonate [HCO 3 -] ions, which have smaller diffusivity in the IL and are more difficult to be released from the IL as compared to the molecular CO 2 that counters the effect of water on CO 2 diffusivity enhancement. On the other hand, the existence of water had much smaller impact on the permeance of the inert N 2 in the entire range of concentration. Therefore, when water was added, the CO 2 /N 2 increased significantly for mixtures of low CO 2 concentrations but remained virtually unchanged for mixtures of high CO 2 concentrations.
A multicomponent mixture containing 500 ppmv SO 2 and 20% CO 2 in balance air was fed to test the effect of trace SO 2 on the CO 2 separation by the IL membrane. The separation results are presented in Figure 8 . The presence of 500 ppmv SO 2 in the feed stream slightly lowered the CO 2 and N 2 permeance but did not cause appreciable changes to the CO 2 /air separation factor. Similar observations on the effect of SO 2 on CO 2 separation in IL were reported in the literature where the small decrease of P m,CO2 was attributed to the hindrance for CO 2 diffusion in the IL by the dissolved SO 2 as well as possible increase in resistance for CO 2 dissolution at the gas/IL interface where ionic carriers for CO 2 are partially consumed by the SO 2 [22] . 2 and water completely disappeared after the degassing process that explains the good reversibility of the SIL-IL20 membrane in permeation of various gases [25] . 
Separation under Different Pressure Conditions
The results of CO 2 separation from the equimolar mixture of CO 2 /N 2 by the SIL-IL20 membrane under different downstream conditions are presented in Figure 10 . It was found that the permeance of both CO 2 and N 2 were higher when downstream was vacuumed than were they under helium sweeping flow at downstream. The increase of permeance was more significant for CO 2 than N 2 that resulted in an enhanced separation factor. This may be explained taking into account the different gas transport mechanisms through the macroporous substrate (facing downstream) under the two operation conditions. When being swept by a helium flow, the permeating gases diffuse through the essentially stagnant gas in the substrate pores driven by partial pressure gradients; while under vacuum pressure, the permeating gases transport through the substrate pores by both molecular diffusion under partial pressure gradients and viscous flow driven by total pressure difference between the inside and outside of the substrate. Thus removal of the permeating gases is more efficient under downstream vacuum pressure. This results in smaller partial pressures of permeating gas at the downstream IL/gas interface, and hence greater driving force across the IL film, which facilitates the gas transport. Moreover, the gas permeance may be also enhanced at downstream vacuum pressure due to the elimination of counter diffusion of the sweeping helium in the IL membrane.
The SIL-IL20 membrane was further tested for separation of the multicomponent mixture containing 20% CO 2 , 500 ppmv SO 2 and balance air in a temperature range of 25 -103 ˚C while the feed pressure was varied from 1 bar to ~ 6 bar but using a downstream helium sweep flow at 1 bar. The results are shown in Figure 11 . The highest feed pressure tested in this work was limited by the sealing O-rings, which weakens at >100 o C under high pressures, but not due to damage or eruption of the liquid membrane. The supported IL membrane remained perfectly stable under the 5-bar total differential pressure ( P) even at 103 ˚C. The excellent resistance to P is attributed to the strong capillary action in the small pores of the colloidal silicalite layer. The colloidal silicalite membrane-supported [bmim][BF 4 ] IL membrane was operated for nearly one year in the present work without reloading IL. The membrane sustained a differential pressure of 5 bars at 103 ˚C for several days with no indication of IL film rupturing. Figure 11 shows that P m,CO2 tends to decrease slightly with increasing the feed pressure that may be explained similarly to the discussion for the dependence of P m,CO2 on the CO 2 partial pressure in section 3.3, namely the diminishing free carriers for CO 2 at high CO 2 partial pressure. Also, it has been reported that the solubility and diffusivity of CO 2 
CONCLUSIONS
A colloidal silicalite thin layer with an average interparticle pore size of 25 nm was coated on an alumina disc with an average pore size of ~85 nm for silicalite layer greatly improved the formation of pinhole-free IL membrane with reduced IL load as compared to the bare alumina disc. The supported IL membrane was experimentally investigated for CO 2 separation under various conditions relevant to CO 2 -capture from coal-firing flues gases. The silicalite supported IL membrane exhibited excellent thermal and chemical stabilities and great tolerance to differential pressure that are practically desirable. However, the amount of IL needed to achieve a pinhole-free IL membrane on the silicalite-coated substrate was much greater than what was expected for filling the entire colloidal silicalite layer alone. Thus, the potential benefit of the CO 2 -permselective silicalite support for enhancing CO 2 -permeance was not realized because of the large thickness of the IL film penetrated into the alumina base substrate, which had an unfavorable PSD causing IL penetration. Research is being planned in our lab to develop macroporous ceramic supports with optimized PSD so that the IL film can be retained in the micron-thin silicalite layer without penetrating into the base substrate.
